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ABSTRACT 22 
Liquid hydrocarbons are considered as an option to store renewable energy while decoupling the supply 23 
and demand of renewable resources. They can also be used as transportation fuel or as feedstock for the 24 
chemical industry and are characterized by a high energy density. A process concept using renewable 25 
energy from fluctuating wind power and CO2 to produce liquid hydrocarbons was modeled by a 26 
flowsheet simulation in Aspen Plus®. The capacity of the plant was set to 1 𝐺𝑊𝐿𝐻𝑉 of hydrogen input, 27 
using water electrolysis, reverse-water-gas-shift reaction (RWGS) and Fischer-Tropsch (FT) synthesis. 28 
A feed of 30 𝑡/ℎ of H2 generated 56.3 𝑡/ℎ (12,856 𝑏𝑏𝑙/𝑑) of liquid hydrocarbons. A Power-to-Liquid 29 
efficiency of 44.6 % was calculated for the base case scenario. Net production cost ranged from 30 
12.41 $/𝐺𝐺𝐸 to 21.35 $/𝐺𝐺𝐸 for a system powered by a wind power plant with a full load fraction of 31 
about 47 %, depending on the assumed electricity feedstock price and electrolyzer capital cost. For 32 
systems with full load fractions between 70 % and 90 %, the production cost was in the range of 33 
5. 48 $/𝐺𝐺𝐸 to 8.03 $/𝐺𝐺𝐸.  34 
1. Introduction 35 
In 2012, a total of 1,133 𝑇𝑊ℎ of renewable power was generated worldwide, corresponding to 5.0 % of 36 
the total electricity generated [1]. Depleting, finite fossil fuel reserves and the goal to reduce CO2 37 
emissions led to a transition to alternative power generation technologies. Therefore, an increasing 38 
number of renewable energy installations is now being observed. It is predicted that from 2014 to 2035, 39 
the renewable generation capacity will double to about 3,930 𝐺𝑊 of installed capacity [2]. Over the past 40 
decade, conventional power plants accounted for about 68 % of the investment in the power sector. By 41 
2035, however, about 62 % of the investment is predicted to be in renewable technologies [2]. 42 
In conventional energy systems, power generation follows the energy demand [3]. In contrast, wind and 43 
solar power generation follows natural conditions, with hourly, daily, weekly or seasonal fluctuations 44 
[4]. Hence, long-term seasonal storage applications with a high capacity, low storage losses, well-45 
established and safe storage tanks and low space requirements are required. Liquid hydrocarbons are 46 
considered an option to store renewable energy while decoupling supply and demand. They are 47 
characterized by a high energy density, are used in the transportation sector and exhibit little to no loss 48 
during long-term storage. Additionally, liquid hydrocarbons have an existing infrastructure, can be 49 
easily transported and also be used as transportation fuel or as feedstock for the chemical industry. 50 
The generation of liquid hydrocarbons was investigated by several studies [5], [6], [7], [8] and [9]. 51 
Current research focuses on the optimization of the generation of fuels and olefins from biomass and 52 
natural gas [10]. On the other hand, the use of CO2 for the production of synthetic fuels demonstrates a 53 
real greenhouse gas sink. This technology combines CO2/steam-mixed reforming and CO2-active iron 54 
catalysts in Fischer-Tropsch synthesis in Gas-to-Liquid processes [11]. The generation of liquid 55 
transportation fuels by combining a solid oxide electrolyzer cell and Fischer-Tropsch (FT) synthesis was 56 
investigated by [6] and [7]. Mignard et al. investigated the generation of alcohols from marine energy 57 
and CO2 [5]. Jess et al. suggest generating liquid fuels from solar energy and CO2 [8]. A rating of 58 
several Power-to-Liquid (PtL) technologies was proposed by Tremel et al [9]. The aforementioned 59 
references assume a continuous supply of energy and reactant to the fuel production plant. 60 
The present work investigates the techno-economic effect of an option to couple continuous fuel 61 
production with fluctuating energy sources, considering present realistic assumptions and future 62 
technological developments. 63 
The economic potential of storing fluctuating renewable energy in liquid hydrocarbons is of special 64 
interest for renewable power station operators and for the prediction of future energy scenarios. 65 
Renewable liquid hydrocarbons may contribute to the fuel supply for aviation as well [12]. A techno-66 
economic study was carried out, starting with a detailed process model of the generation of liquid 67 
hydrocarbons by FT synthesis. The model was analyzed by pinch point analysis and the economic 68 
performance was estimated on the basis of capital and operation cost estimations.  69 
2. Scope of Evaluation and Process Description 70 
The evaluation focuses on the production of liquid hydrocarbons from renewable excess power and CO2. 71 
The system boundary and the block flow diagram of the process concept are shown in Fehler! 72 
Verweisquelle konnte nicht gefunden werden.. 73 
The focus on fluctuating renewable energy requires a highly flexible electrolyzer unit. A proton 74 
exchange membrane (PEM) electrolyzer can be operated at high current densities (above 2 𝐴 𝑐𝑚2⁄ ) and 75 
cover a nominal power density range from 10 % to 100 % [13]. A storage cavern acts as the link 76 
between the highly fluctuating source, the electrolyzer unit and the continuous chemical synthesis. 77 
Hydrogen is stored if excess power is available and used when the hydrogen demand exceeds its 78 
generation. The liquid product is stored in tanks for later use. The economic analysis comprises the cost 79 
estimation for the electrolyzer unit, the hydrogen storage cavern and the chemical plant, including 80 
auxiliary units and utilities. 81 
Fehler! Verweisquelle konnte nicht gefunden werden. illustrates a more detailed flowsheet of the 82 
process concept. The PEM electrolysis and the cavern are not modeled in the flowsheet. The capacity of 83 
the plant is set to 1 𝐺W of hydrogen input based on its lower heating value (LHV). H2 from electrolysis 84 
and CO2, which is delivered by a pipeline, are fed to the plant. CO2 and H2 are converted in the reverse-85 
water-gas-shift (RWGS) reactor to syngas, which is composed of H2 and CO. The syngas is then further 86 
converted to hydrocarbons in the FT synthesis. The hydrocarbon syncrude is upgraded and separated 87 
from unreacted feed and gaseous hydrocarbons to make the final product. 88 
3. Simulation Model 89 
A flowsheet simulation model was developed in Aspen Plus®. Heat losses of reactors, heat exchangers 90 
and piping were neglected. Furthermore, the electrolyzer and the storage cavern are not included in the 91 
flowsheet model. The pressure losses in the process are lumped in the recycle stream and are assumed to 92 
be 0.2 𝑀𝑃𝑎 [14]. 93 
3.1. Components and thermodynamic model 94 
The model is based on the pure components H2, CO2, CO, and H2O and the n-alkanes CH4 through to 95 
C30H62, which were selected from the Aspen database. Coke is represented by solid carbon. 96 
Hydrocarbon products are represented only by n-alkanes, since the main products of cobalt based low 97 
temperature FT synthesis are n-alkanes [15]. CH4 through to C4H10 are gases, C5H12 through to C20H42 98 
are liquids and hydrocarbons with a chain length longer than C20 are waxes. In this work, the Peng-99 
Robinson equation of state in combination with the Boston-Mathias alpha function is used to describe 100 
the phase behavior in the process [16], [17]. The Peng-Robinson equation of state is widely applied in 101 
gas processes, refining and FT modeling studies [14], [18], [19]. 102 
3.2. Reverse water-gas-shift reactor 103 
The reverse water-gas-shift (RWGS) reaction (1) is the endothermic hydrogenation of CO2 to CO [20]. 104 
𝐶𝑂2 + 𝐻2 ⇌ 𝐶𝑂 + 𝐻2𝑂     Δ𝐻𝑅
0 = 41.2 𝑘𝐽 𝑚𝑜𝑙⁄  (1) 
The RWGS reactor model comprises a Gibbs energy minimization reactor model and an adiabatic 105 
burner model. The Gibbs energy minimization reactor model assumes thermodynamic equilibrium for 106 
the RWGS, which is a reasonable assumption at high temperatures [8], [20]. The operation temperature 107 
and pressure are assumed to be 900 °𝐶 and 2.5 𝑀𝑃𝑎, respectively [21]. In addition to the fresh feed, the 108 
external recycle (see Fehler! Verweisquelle konnte nicht gefunden werden.) is fed to the RWGS 109 
reactor. The external recycle contains unreacted reactants and gaseous hydrocarbons from the FT 110 
synthesis. Hence, steam reforming of the gaseous hydrocarbons occurs as a side reaction in the RWGS 111 
reactor. The external recycle is a split of the total recycle (from flash F-5, see Fehler! Verweisquelle 112 
konnte nicht gefunden werden.), whose split fraction is determined by the fuel demand of the burner 113 
(FG-1). The adiabatic burner model supplies heat to the RWGS reactor. 114 
To reduce coking in the reformer, the carbon safety factor (CSF) was introduced [14], [22]. The CSF 115 
determines the amount of steam required to achieve a constant distance from the coking equilibrium. 116 
The CSF is calculated by equations (2) and (3). 117 
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(3) 
𝑦𝐶𝑂2  and 𝑦𝐶𝑂 are the molar fraction of CO2 and CO, respectively. 𝑃 is the overall pressure and 𝐾(𝑇) the 118 
temperature dependent equilibrium constant. 𝐾(𝑇) is calculated by the Gibbs reaction enthalpy (∆𝐺𝑅
0), 119 
the reaction enthalpy (∆𝐻𝑅
0), the ideal gas constant R, the temperature T and the standard temperature 120 
𝑇0 = 25°𝐶. To achieve an O/C ratio greater than 2, the criterion 𝐶𝑆𝐹 = 3 must be met. 121 
3.3. Fischer-Tropsch synthesis 122 
In FT synthesis, CO and H2 are polymerized to long chain hydrocarbons over a catalyst (4). 123 
𝑖 ∙ 𝐶𝑂 + 2𝑖 ∙ 𝐻2 → (−𝐶𝐻2 −)𝑖 + 𝑖 ∙ 𝐻2𝑂     Δ𝐻𝑅
0 = −152 𝑘𝐽 𝑚𝑜𝑙⁄  (4) 
The chain growth probability,  𝛼, is a measure if whether chain propagation or termination occurs (5) 124 
and is connected to the weight fraction, 𝑤𝑛, by the Anderson-Schulz-Flory distribution [15], which 125 
determines the product distribution. 126 
𝑤𝑛 =
(1 − 𝛼)
𝛼
∙ 𝛼𝑛 ∙ 𝑛 
(5) 
The reaction scheme of a cobalt-based catalyst at low temperatures was selected for this work, since the 127 
yield of n-alkanes is high for this kind of catalyst [15], [23]. The FT synthesis was modeled by a 128 
stoichiometric reactor model. The model comprises 30 reactions for the generation of hydrocarbons 129 
from CH4 to C30H62. The molar fractional conversion of each reaction is determined by 𝛼, the corrected 130 
methane yield and the per-pass conversion of CO as displayed in the supplementary information (SI) 131 
Table S1. The H2-to-CO ratio, the molar fraction of the reactants and the operation temperature and 132 
pressure are fixed and also reported in Table S1 (of the SI). The ratio of H2 feed to CO2 feed is adjusted 133 
to meet the H2-to-CO ratio criteria. The molar fraction of the reactants is adjusted by the internal recycle, 134 
which is determined by the amount of gaseous product taken from the fourth flash (F-4). 135 
3.3. Product separation and upgrading section 136 
The targeted products of the plant are liquid hydrocarbons with a chain length ranging from C5 to C20. 137 
Therefore, hydrocracking is required to crack the waxes into shorter chain hydrocarbons in the desired 138 
range. The hydrocracker model is based on a yield distribution [24]. It operates at 6.0 𝑀𝑃𝑎 and 𝑇𝐻𝐶 =139 
350 °𝐶. A five step product separation section is modeled to represent the separation of liquid products 140 
from the gaseous byproducts, reaction water, unreacted gases and inserts [15]. The separation 141 
temperatures are: 𝑇𝐹−1 = 145°𝐶, 𝑇𝐹−2 = 100°𝐶, 𝑇𝐹−3 = 100°𝐶, 𝑇𝐹−4 = 10°𝐶 and 𝑇𝐹−5 = −30°𝐶. The 142 
liquid products of the separation stages F-2 through to F-5 are collected and brought together with the 143 
product of the hydrocracker to ambient conditions in the flash drum F-6. The gaseous byproduct is 144 
additional fuel for the burner. 145 
4. Model Results and Process Performance 146 
4.1. Model results 147 
The operation parameters of the 1 𝐺𝑊𝐿𝐻𝑉 H2 input plant are described in the simulation model section. 148 
About 270 𝑡/ℎ of H2O and 236 𝑡/ℎ of CO2 are required to generate about 56 𝑡/ℎ of liquid 149 
hydrocarbons. The mass flow block diagram is displayed in Figure S1 of the supplementary information 150 
(SI). The main share of the liquid hydrocarbon product is in the range of C5 to C10. The detailed product 151 
distribution is shown in Figure S2 in the SI. 152 
 153 
4.2. Heat integration 154 
The cooling and heating requirements are determined by pinch point analysis. The composite curves are 155 
shown in Fehler! Verweisquelle konnte nicht gefunden werden. and indicate that the heating demand 156 
of the process can be satisfied by internal heat exchange. A total cooling demand of 431.5 𝑀𝑊 must be 157 
realized to cool down the remaining hot streams of the process. Refrigeration, chilling and cooling water 158 
are selected as cooling utilities. A detailed record of the selected utility types, their characteristics and 159 
thermal loads is listed in Table S2 of the SI. 160 
4.3. Process performance 161 
Five parameters are used to assess the process performance: three process efficiencies, a chemical 162 
conversion and a recycle ratio (see Fehler! Verweisquelle konnte nicht gefunden werden.). The 163 
chemical conversion efficiency, 𝜂𝐶𝐶𝐸, accounts for losses when converting H2 and CO2 into liquid 164 
hydrocarbons. The plant efficiency, 𝜂𝑃𝑙𝑎𝑛𝑡, considers the in-plant losses due to compression, pumping 165 
and utilities (𝑃𝑈). The Power-to-Liquid efficiency, 𝜂𝑃𝑡𝐿, relates the total energy input to the chemical 166 
energy content of the liquid products and considers the energy demand for electrolysis and AC/DC 167 
conversion. The carbon conversion, 𝜂𝐶, is a measure of the overall conversion of carbon atoms into 168 
hydrocarbons. The recycle ratio allows the evaluation of the size of the recycle streams. Fehler! 169 
Verweisquelle konnte nicht gefunden werden. summarizes the five process performance parameters 170 
and their respective calculation formulae. 171 
The energy demand of electrolyzing water to hydrogen is predicted to be 4.3 𝑘𝑊ℎ/𝑁𝑚³ for large-scale 172 
electrolyzer systems [25]. Thereby, the power demand for electrolysis is calculated as 1,450 𝑀𝑊. 173 
Assuming a conversion efficiency of 96 % for the AC/DC conversion, the power input to the process is 174 
calculated as 1,512 𝑀𝑊. The electrical demand for chilling and refrigeration results from the respective 175 
thermal loads and coefficients of performance. Fehler! Verweisquelle konnte nicht gefunden werden. 176 
summarizes the results of the flowsheet simulation. Additionally, the results of the performance 177 
parameters are shown. 178 
The plant efficiency 𝜂𝑃𝑙𝑎𝑛𝑡 of 65.9 % is lower than the reported value of 69.3 % [9], which was 179 
calculated based on an idealized reaction scheme of 100 % conversion. The Power-to-Liquid efficiency 180 
𝜂𝑃𝑡𝐿 of 44.6 % is lower than the reported value of 51 % [6], where instead of a PEM electrolyzer a solid 181 
oxide electrolyzer is applied, which uses excess heat directly to decrease the energy losses due to 182 
electrolysis. Apart from the liquid hydrocarbons, about 431.6  𝑡/ℎ (184 𝑀𝑊) of steam is produced as a 183 
byproduct. 184 
5. Economic Analysis 185 
A cost estimation was carried out for the proposed concept. The cost basis is the US dollar ($, December 186 
2014). 187 
5.1. Methodology and results 188 
Methodology and accuracy comply with classes three and four of the Association for the Advancement 189 
of Cost Engineering for cost estimation in the process industry [26]. 190 
The component prices are estimated by equation (6) according to [27] and [28]. Scaling factors account 191 
for the economies of scale. Prices from previous years are updated via the Chemical Engineering Plant 192 
Cost Index (CEPCI). 193 
𝑃𝐶 = 𝑃𝐶𝑟𝑒𝑓 ∙ (
𝑆
𝑆𝑟𝑒𝑓
)
𝐷
∙ (
𝐶𝐸𝑃𝐶𝐼2014
𝐶𝐸𝑃𝐶𝐼𝑟𝑒𝑓
) ∙ 𝐹 ∙ 𝑧(𝑆𝑚𝑎𝑥) (6) 
The equation gives the purchased cost (𝑃𝐶) of equipment at the scale (𝑆) required for the proposed 194 
capacity in the year 2014. 𝑃𝐶𝑟𝑒𝑓 is the purchased cost in the reference year at the reference scale (𝑆𝑟𝑒𝑓). 195 
The scaling factor (𝐷) accounts for scaling effects. 𝐶𝐸𝑃𝐶𝐼2014 = 576.1 and 𝐶𝐸𝑃𝐶𝐼𝑟𝑒𝑓 are the cost 196 
indices for the year 2014 and the reference year, respectively [27], [29]. 𝐹 is a factor accounting for high 197 
pressure and special materials, where applicable. The quantity (𝑧) is the number of parallel trains 198 
dependent on the maximum scale 𝑆𝑚𝑎𝑥. 199 
The installed capacity of the electrolyzer and the H2 cavern depends on the fluctuating renewable power 200 
production pattern. Therefore, the electrolyzer capacity is calculated based on the amount of H2 required 201 
per year and the full-load fraction of the fluctuating renewable energy source. An offshore wind power 202 
plant in the North Sea is selected as the fluctuating renewable energy scenario [30]. The wind pattern 203 
shows short-term and seasonal fluctuations from 0.03 𝐺𝑊 to 3.2 𝐺𝑊 (see Figure S3 of the SI). Based 204 
on the generation pattern, an annual full-load fraction of 46.8 % is calculated, which leads to a required 205 
electrolyzer capacity of 3.2 𝐺𝑊; the capacity of the cavern is calculated to 29.1 𝑘𝑡, or equivalent to 206 
11 % of the annual H2 consumption. The filling level of the cavern is shown in Figure S3 of the SI. Due 207 
to the fluctuating pattern of power generation, the cavern must be partially filled for the start-up. 208 
Assuming that the same wind pattern applies each year, the required start-up amount of hydrogen is 209 
determined to be 22.5 𝑘𝑡. 210 
Fehler! Verweisquelle konnte nicht gefunden werden. lists the capacities of the main components and 211 
the respective parameters required to calculate the purchased cost. The prices of the other process 212 
equipment are based on literature values [28]. 213 
The total purchased cost (TPC) of the plant is 3,150 𝑀$. The TPC is multiplied by ratio factors to 214 
account for installation, instrumentation, piping, electrical systems, buildings, yard improvements and 215 
service facilities [28]. Adding engineering, construction, legal expenses and contractor’s fees, the fixed 216 
capital investment (FCI) for the chemical plant can be calculated by (7). The reported cost for the 217 
electrolyzer includes instrumentation, piping, electrical systems, service facilities, engineering and 218 
construction. Hence, the FCI of the electrolyzer is calculated by (8). 219 
𝐹𝐶𝐼𝐶ℎ𝑒𝑚𝑖𝑐𝑎𝑙 𝑃𝑙𝑎𝑛𝑡 = 4.60 ∙ 𝑇𝑃𝐶𝐶ℎ𝑒𝑚𝑖𝑐𝑎𝑙 𝑃𝑙𝑎𝑛𝑡 (7) 
𝐹𝐶𝐼𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑙𝑦𝑧𝑒𝑟 = 1.83 ∙ 𝑇𝑃𝐶𝐸𝑙𝑒𝑐𝑡𝑟𝑜𝑙𝑦𝑧𝑒𝑟 (8) 
Including contingencies, working capital and the start-up expenses for the cavern, the total capital 220 
investment (TCI) is 8,690 𝑀$ (9). The start-up expenses for the cavern are 158 𝑀$. 221 
𝑇𝐶𝐼 = 1.25 ∙ 𝐹𝐶𝐼𝑇𝑜𝑡𝑎𝑙 + 𝐶𝑜𝑠𝑡𝑆𝑡𝑎𝑟𝑡−𝑢𝑝 𝐶𝑎𝑣𝑒𝑟𝑛 (9) 
Assuming an interest rate of 7 % and a life time of 30 years for the electrolyzer unit and the chemical 222 
plant, as well as 80 years for the cavern, the annualized capital cost (ACC) is calculated as 560 𝑀$ 𝑎⁄  223 
by (10) [27]. 224 
𝐴𝐶𝐶 = 𝐹𝐶𝐼 ∙
𝐼𝑅 ∙ (1 + 𝐼𝑅)𝑃𝐿
(1 + 𝐼𝑅)𝑃𝐿 − 1
 (10) 
The operation costs are the costs for maintenance, insurance, taxes, reactants, materials, utilities and 225 
revenues for byproducts. The maintenance cost for the chemical plant components is assumed to be 7 % 226 
of FCI of the chemical plant [28]. The maintenance effort for the electrolyzer is calculated based on the 227 
reconditioning period, which is reported to be 15 % of the FCI of the electrolyzer unit and must be 228 
carried out every 60,000 hours of operation [31]. Insurance and taxes are 2 % of the overall FCI [28]. 229 
The prices for utilities, reactants and byproducts are listed in Table S3 in the SI. 230 
The total operation cost (TOC) is 2,800 𝑀$/𝑎. The total annualized cost (TAC) is the sum of the TOC 231 
and the ACC. The net production cost (NPC) is 18.62 $/𝐺𝐺𝐸 (6.83 $/𝑘𝑔, 4.51 $/𝑙). Water electrolysis 232 
and intermediate storage in the cavern account for about 89 % of the NPC. 233 
Fehler! Verweisquelle konnte nicht gefunden werden. depicts the distribution of the total capital 234 
investment and the net production cost on the different cost categories. With all of the above mentioned 235 
realistic assumptions for an 1 𝐺𝑊𝐿𝐻𝑉 H2 input PtL plant, the annual capital cost and the cost for 236 
electricity to power the electrolysis account for about 85 % of the net production cost. 237 
5.2. Sensitivity analysis 238 
The effect of several economic parameters on the production cost of liquid hydrocarbons is shown in 239 
Fehler! Verweisquelle konnte nicht gefunden werden.. The steeper the slope is, the larger the 240 
parameter’s effect on the overall economics is. Fehler! Verweisquelle konnte nicht gefunden werden. 241 
shows that both the capital cost of the electrolyzer and the cost of electricity have the highest slopes. As 242 
shown in Fehler! Verweisquelle konnte nicht gefunden werden., these are the cost categories with the 243 
highest share of the production cost. If offshore wind power was available for half of the assumed 244 
186 $/𝑀𝑊ℎ, the NPC would shrink to 11.81 $/𝐺𝐺𝐸. Assuming excess power free of charge, the NPC 245 
drops to 5.00 $/𝐺𝐺𝐸. The effect on the revenues due to selling O2 has a larger impact on the production 246 
cost than the purchase of CO2. The effect of changing the costs of the cavern is small compared to the O2 247 
revenue. The critical factor for intermediate H2 storage is therefore not its cost, but the local availability. 248 
The sensitivity analysis proves that the cost of the electrolyzer and wind power are the main expenses in 249 
this production process. The sensitivity analysis shows that NPC ranges from 15.90 $/𝐺𝐺𝐸 to 21.35 $/250 
𝐺𝐺𝐸. 251 
The effect of the interest rate, the maintenance cost, taxes, insurance expenses and the ratio factor for the 252 
chemical plant is depicted in Fehler! Verweisquelle konnte nicht gefunden werden.. The interest rate 253 
and the ratio factor selected for the chemical plant have the largest effect on the NPC. Depending on the 254 
assumed economic parameters, the net production cost varies by about ± 5.0 %. 255 
Cost reductions can be observed by taking the overload functionality of the PEM electrolyzer into 256 
account. An assumed overload functionality of 5.0 % of the installed capacity leads to a capital cost 257 
reduction of 3.6 %. Due to a high share of the electricity cost, the NPC is reduced by 0.9 % (18.45 $/258 
𝐺𝐺𝐸). Further technology development is expected to reduce the energy demand of electrolysis to about 259 
4.1 𝑘𝑊ℎ/𝑁𝑚³ [25], which will cut the net production cost by 4.6 % (17.77 $/𝐺𝐺𝐸). Additionally, 260 
electrolyzer capital cost is predicted to drop to about 380 $/𝑘𝑊 [32] and electricity generation cost of 261 
offshore wind power plants may drop to 136 $/𝑀𝑊ℎ [33]. Taking higher efficiency, overload 262 
capability and the predicted lower prices into account, the production cost could drop by 1 3⁄  to about 263 
12.41 $/𝐺𝐺𝐸 in an optimistic future scenario (see “Future Case”, Fehler! Verweisquelle konnte nicht 264 
gefunden werden.). 265 
The full load capacity of the electrolyzer is highly dependent on the chosen renewable power source and 266 
its location. Hence, the outcome of the effect of the full load fraction on the net production cost is 267 
presented in Fehler! Verweisquelle konnte nicht gefunden werden.. With rising full load hours, the 268 
net production cost decreases due to lower expenses for the electrolyzer and the intermediate storage. 269 
The share of the annual capital cost of total annual cost declines from 36 % at a full load fraction (FLF) 270 
of 10 % to about 11 % at a continuous power input (100 % FLF). The net production cost curve shows 271 
a high cost reduction potential when the FLF is increased up to 70 %. 272 
5.3. Fields of application and substitution potentials 273 
FT-based liquid hydrocarbons allow for a wide variety of applications. Fields of application include fuel 274 
for stationary gas turbines for power generation, in the transportation sector, or as feedstock for the 275 
chemical industry. FT-based syncrude does not fulfill the specifications for gasoline, kerosene or diesel 276 
without upgrading. They may be sold to refineries that already operate units for further processing and 277 
upgrading to transportation fuels. Alternatively, they could be used as renewable drop-in to conventional 278 
fuels. In the chemical industry, a pure feedstock is mainly required; therefore, additional distillation 279 
would be required to generate pure feedstock for further processing. Gas turbines allow for a wide 280 
variety of liquid mixtures as fuel [34]. PtL hydrocarbons provide renewable generated sulfur and 281 
nitrogen-free fuels for gas turbines. Fehler! Verweisquelle konnte nicht gefunden werden. compares 282 
the market feedstock prices with the calculated net production cost for the base case and a future 283 
predicted value. 284 
Fehler! Verweisquelle konnte nicht gefunden werden. indicates that economic viability cannot be 285 
achieved for the proposed process at present. The production cost for the base case is about 7 times 286 
today’s market prices of fuels and chemicals; for the future case it is about 4 times. Generation of 287 
electricity, when no renewable power is available, by using liquid hydrocarbons, which were produced 288 
from renewable electricity, reveals prices of about 4.5 times today’s feedstock market prices. Taking the 289 
optimistic future case, about 3 times today’s market price applies. Synthetic fuels can achieve crude oil 290 
market prices (93 $/𝑏𝑏𝑙) at power costs of 8.70 $/𝑀𝑊ℎ if electrolyzer capital cost of 380 $/𝑘𝑊 and a 291 
full load fraction of 100 % are assumed. 292 
The net production cost ranges from 12.41 $/𝐺𝐺𝐸 to 21.35 $/𝐺𝐺𝐸, depending on the assumed 293 
electricity feedstock price and electrolyzer capital cost. Strong dependence of the net production cost on 294 
the applied assumptions of the electrolyzer capital cost and the electricity price complicates the 295 
comparison of the calculated costs with other studies. Becker et al. reports fuel production cost of 296 
4.66 $/𝐺𝐺𝐸 to 18.30 $/𝐺𝐺𝐸 for FLFs in the range of 20 % to 100 % and electricity prices of 20 $/297 
𝑀𝑊ℎ to 80 $/𝑀𝑊ℎ [6]. Applying a FLF of 90 % and electricity cost of 20 $/𝑀𝑊ℎ, net production 298 
cost of 5.48 $/𝐺𝐺𝐸 is calculated (see “20 $ 𝑀𝑊ℎ⁄  Case”, Fehler! Verweisquelle konnte nicht 299 
gefunden werden.), which is comparable to the reported value of 5.44 $/𝐺𝐺𝐸 [6]. The combination of 300 
high full load fractions and low energy prices allows the generation of liquid fuels at about twice the 301 
market prices of today (see Fehler! Verweisquelle konnte nicht gefunden werden.). The generation of 302 
various liquid fuels from H2 and CO2 proposing the decoupling of the H2 generation from the chemical 303 
plant was investigated [9]. Tremel et al. reports syncrude production cost of 7.50 $/𝐺𝐺𝐸 for FLF of 304 
70 % and a H2 feedstock price of 4 $/𝑘𝑔. The model of the present study determines a production cost 305 
of 8.06 $/𝐺𝐺𝐸 under these assumptions. 306 
 307 
6. Conclusion 308 
A process concept using renewable power from fluctuating wind power and CO2 to produce liquid 309 
hydrocarbons was modeled by a flowsheet simulation. The economic performance of the process was 310 
evaluated. A Power-to-Liquid efficiency of 44.6 % was calculated for a 1 𝐺𝑊𝐿𝐻𝑉 H2 input PtL plant. 311 
The economic analysis indicates that economic viability of the process cannot be achieved under current 312 
market prices for neither fuels nor chemicals. Net production cost ranges from 12.41 $/𝐺𝐺𝐸 to 313 
21.35 $/𝐺𝐺𝐸 for a wind-powered system if electrolyzer cost vary in the range of 340 $/𝑘𝑊 to 1275 $/314 
𝑘𝑊 and the wind power cost from 136 $/𝑀𝑊ℎ to 223 $/𝑀𝑊ℎ. Systems with FLFs between 70 % and 315 
90 % and low electricity feedstock cost yield production costs in the range of 5. 48 $/𝐺𝐺𝐸 to 8.03 $/316 
𝐺𝐺𝐸. The economic methodology underlays an inherent uncertainty of ±30 %. Sensitivity analyses 317 
show that the main effect on the production costs comes from the electrolyzer capital cost, the wind 318 
power costs and the FLF. Therefore, reducing the costs for electrolyzer systems and electricity feedstock 319 
are the key factors for creating an economically viable production scenario of liquid hydrocarbons from 320 
renewable power and CO2. Additionally, economic viability is more realistic for systems operating at 321 
high FLFs, as they decrease the capital costs for high installed capacities of the electrolyzer and the 322 
intermediate storage. Hence, a minimum FLF of 70 % is recommended for liquid hydrocarbon processes 323 
based on renewable power. 324 
The technical assessment revealed a large amount of excess heat, which is assumed to be sold. The 325 
approach of the conversion of thermal energy into electricity by a steam cycle is proposed, but this 326 
concept reveals only a small overall efficiency increase due to the low efficiency of the steam cycle. In a 327 
subsequent study, the direct thermal use of the excess heat and its effect on the process efficiency and 328 
economics will be investigated. The technical and economic potential of CO2 sources will be examined 329 
to evaluate the limitations of their availability. Additionally, the technical options and the cost of 330 
upgrading products from liquid hydrocarbons to jet fuels is of special interest to the authors and will be 331 
assessed. 332 
  333 
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AC  Alternate current 337 
ACC  Annualized capital cost 338 
ASF  Anderson-Schulz-Flory distribution 339 
𝛼  Chain growth probability 340 
CEPCI  Chemical Engineering Plant Cost Index 341 
COP  Coefficient of performance 342 
CSF  Carbon safety factor 343 
DC  Direct current 344 
EL  Electrolysis 345 
𝜂𝐶  Carbon conversion 346 
𝜂𝐶𝐶𝐸  Chemical conversion efficiency 347 
𝜂𝑃𝑙𝑎𝑛𝑡  Chemical plant efficiency 348 
𝜂𝑃𝑡𝐿  Power-to-Liquid efficiency 349 
𝑓𝐻2+𝐶𝑂  Molar fraction of H2 and CO 350 
FCI  Fixed capital investment 351 
FLF  Full load fraction 352 
FT  Fischer-Tropsch 353 
FTS  Fischer-Tropsch synthesis reactor 354 
GGH  Gasoline gallon equivalent 355 
∆𝐻𝑅
0  Standard enthalpy of reaction (𝑘𝐽 𝑚𝑜𝑙⁄ ) 356 
LH  Liquid hydrocarbons 357 
LHV  Lower heating value 358 
LP  Low pressure steam 359 
?̇?  Mass flow (𝑡 ℎ⁄ ) 360 
MP  Medium pressure steam 361 
n  Carbon number 362 
NPC  Net production cost 363 
p  Pressure (𝑀𝑃𝑎) 364 
P  Power (𝑀𝑊) 365 
PC  Purchased cost 366 
PEM  Proton exchange membrane 367 
PtL  Power-to-Liquid 368 
R  Recycle ratio 369 
𝑅𝐻2 𝐶𝑂⁄   H2-to-CO ratio 370 
RWGS  High temperature reformer, reverse water gas shift reaction 371 
T  Temperature (°𝐶) 372 
TAC  Total annualized cost 373 
TCI  Total capital investment 374 
TOC  Total operation cost 375 
TPC  Total purchased cost 376 
w  Mass fraction  377 
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